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Gas and solids mixing characteristics in the bubbling and turbulent regimes of a
gas-solid fluidized bed are examined using helium and phosphor tracer techniques to
obtain the gas and solids dispersion coefficients, respectively. The real time, quasi-3-D
flow behavior is qualified and quantified by the electrical capacitance tomography (ECT)
technique. The mixing behavior varies significantly with the flow regimes. As the gas
velocity increases, axial and radial gas dispersion coefficients increase in the bubbling
regime, reach a peak at U,, the transition velocity from the bubbling to turbulent regimes,
and then decrease. In contrast, as the gas velocity increases, axial and radial solids
dispersion coefficients increase in the bubbling regime and continuously increase through
U. to the turbulent regime. Temperature and pressure have little effect on the gas and
solids mixing behavior. A small quantity of fine particles is noted to drastically affect the
gas and solids mixing behavior in the turbulent fluidized bed. The axial and radial
dispersion coefficients of gas and solids reach their maximum when the fines content is
about 15%. The ECT measurements illustrate the effect of adding fines on the flow
behaviorin the bed. A small quantity of fine particles disintegrate the bubble/void phase,

significantly modifying bubble/void- and emulsion-phase mixing behavior.

Introduction

The state of fluidization begins at the minimum fluidiza-
tion velocity U, . Then the gas-solid fluidization goes through
the bubbling regime, the turbulent regime, and the fast flu-
idization regime with increasing gas velocity. It is demarcated
by the transition velocity from the bubbling to the turbulent
regime U,, and the transport velocity from the turbulent to
the fast fluidization regimes U,,. A number of commercial
gas-solid fluidized-bed reactors that carry out chemical reac-
tions, such as Fischer-Tropsch synthesis, acrylonitrile produc-
tion, FCC regeneration, and silicon chloridization, are rou-
tinely operated in the turbulent fluidization regime. This
regime offers distinct operational advantages over the bub-
bling and fast fluidization regimes, such as vigorous gas-solids
contacting, high solids holdup, high exchange rate of the gas
between the void and the emulsion phases, and relative spa-
tial uniformity in flow properties. Understanding the gas and
solids mixing behavior is important for the quantification of
the reactant conversion in a fluidized-bed reactor. While the
gas and solids mixing have been extensively investigated for
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the bubbling fluidized bed and the circulating fluidized bed,
few studies address the turbulent fluidized bed.

Bi et al. (2000) presented a thorough review on the gas and
solids mixing in a turbulent fluidized bed. There are some
studies that investigated the axial gas mixing in turbulent flu-
idized beds using unsteady-state or steady-state techniques
with such tracer gases as H,, CO,, Ar, He, CH, or flue gas
(Cankurt and Yerushalmi, 1978; Li and Weinstein, 1989; Lee
and Kim, 1989; Li and Wu, 1990; Wei et al., 1993; Foka et
al., 1996). These studies indicate that the axial dispersion co-
efficient substantially decreases as the gas velocity increases
beyond the bubbling regime. While, for turbulent fluidized
beds, almost all gas mixing studies have been concentrated
on the axial mixing, very limited information is available re-
garding the radial gas mixing. Using the steady-state CO,
tracer gas injection, Lee and Kim (1989) investigated both
the axial and radial gas mixing in the slugging and turbulent
fluidized beds using Group B particles. The radial dispersion
coefficient is found to increase significantly with the gas ve-
locity in the turbulent regime. However, little is known re-
garding the radial gas mixing for Group A particle systems.
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Various types of tracers have been used to measure the
solids mixing in gas-solid fluidized beds, such as the salt par-
ticle tracer, ferromagnetic tracer, radioactive tracer, and
phosphor tracer. Avidan and Yerushalmi (1985) used the fer-
romagnetic tracer to study the solids mixing of Group A par-
ticles in the bubbling, slugging, and turbulent fluidization
regimes. Assuming the relatively homogeneous behavior in
the turbulent fluidization regime, a one-dimensional (1-D)
dispersion model was used to characterize the axial disper-
sion coefficient. Compared with the data from different sizes
of fluidized beds, the axial dispersion coefficient increases
with the square root of the bed diameter. Using a sampling
technique, Wei et al. (1993) studied the solids mixing in a
commercial FCC regenerator and arrived at a similar result.
Lee and Kim (1990) used the steady-state axial heat flow
technique to investigate the axial solids mixing for Group B
particles in a turbulent fluidized bed. The axial dispersion
coefficient increases with the gas velocity due to the bubble
induced rapid movement of the solids. The axial dispersion
coefficient of coarse particles is lower than that of fine parti-
cles, which is in part due to the high solids holdup in the
bubble wake, turbulence mixing, and disintegration of fine
particle clusters. Mostoufi and Chaouki (2001) studied the
local axial and radial solids mixing by radioactive particle
tracking. They found that both the axial and radial particle
diffusivities increase with the superficial gas velocity and lin-
early correlate with the axial solid velocity gradient. All the
studies on the solids mixing are concentrated on axial mixing
or local mixing, and little is conducted on the radial solids
mixing.

The gas phase in a turbulent fluidized bed occurs mainly as
voids. Both the gas and solids mixing are directly related to
the flow behavior of the voids. Therefore, investigating the
void/bubble breakup mechanism and the void flow behavior
is the key to the understanding of the gas and solids mixing
in a turbulent fluidized bed. The development of a real time,
high resolution process tomography provides a unique capa-
bility in assessing the internal flow behavior of a fluidized
bed. The process tomography is a nonintrusive technique that
utilizes remote sensors to obtain field images and then recon-
struct the field based on these images. A number of tomogra-
phy techniques such as X-ray, y-ray, optical, ultrasonic, elec-
trical, and nuclear magnetic resonant systems, have been de-
veloped and applied to study the complex multiphase phe-
nomena (Beck and Williams, 1996; Kumar et al., 1997; War-
sito et al., 1999; George et al., 2000). The electrical capaci-
tance tomography is one of a handful of tomography tech-
niques that can be used for real-time ( ~ 100 Hz) imaging of
the two- or three-phase flow field (Wasito and Fan, 2001).
Recently, this technique was applied for imaging gas-solid
flow systems including bubbling beds, circulating fluidized
beds, cyclone diplegs, and pneumatic conveying (Dyakowski
et al., 1997, 2000; Yang and Liu, 2000; Smolders et al., 2001).
Little is reported on the imaging of the turbulent fluidized
beds.

Most commercial fluidized beds are operated in the turbu-
lent fluidization regime at high temperatures and pressures.
Many studies have indicated the effects of temperature and
pressure on the transition velocity U., bubble size, and bub-
ble rising velocity (Cai et al., 1989). The information on the
temperature and pressure effects on the gas and solids mix-
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ing remains unclear. The addition of a small quantity of fine
particles to a bed of fluidized coarse particles is known to
yield significant effects on the performance of a fluidized bed
such as enhancing mass and heat transfer, controlling the res-
idence time of coarse particles, enhancing solids mixing, and
increasing the reactant conversion. Sun and Grace (1990)
studied the effect of three sets of particle size distributions,
that is, wide, narrow, and bimodal, on the performance of a
catalytic fluidized-bed reactor using ozone decomposition as
a model reaction. They found that the wide size distribution
yields the highest reactant conversion. The fundamental un-
derstanding of the role that fines play in determining the
transport properties of the bed, such as gas and solids mixing,
is thus important.

Almost all the above noted studies on gas and solids mix-
ing were conducted at ambient conditions. It is of interest to
know how the mixing characteristics vary with the tempera-
ture, pressure, and fines addition in a turbulent fluidized bed.
The objective of this study is to examine the axial and radial
mixing behavior of gas and solids in a fluidized bed under the
high temperature and pressure conditions with fines addi-
tion. To substantiate the analyses of the gas and solids mixing
behavior in the bubbling and turbulent fluidization regimes,
the electric capacitance tomography is used to shed light on
the real-time flow behavior.

Experimental Studies
Experimental setup

The high temperature up to 435°C and pressure up to 3.5
atm fluidized-bed system shown in Figure 1 is used in this
study. The fluidized bed consists of a stainless steel column
of 0.203 m ID and 2.5 m in height, a primary air heater, heat-
ing bands and a gas-solid separator placed inside the bed. A
sintered stainless steel sheet with a pore size of 20 um and
fractional free area of 60% is employed as a distributor. Air
from a gas compressor is first heated to a desired tempera-
ture by a primary air heater, and then introduced into the
fluidized bed. Six heating bands wrapped around the column
are used to maintain the fluidized-bed temperature. In the
freeboard region, air and entrained particles enter a two-stage
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Figure 1. Fluidized-bed system.
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Figure 2. IHTT.

cyclone where gas and particles are separated. Particles then
return to the bed. Air flows out through the cooling tank and
the filter. The system pressure is regulated by a back pres-
sure regulator installed downstream. The fluidization quality
is monitored by the pressure drop and pressure fluctuation
measurement.

There are ten pressure taps at a 76 mm interval along the
column. The first pressure tap is located 76 mm above the
distributor. A differential pressure transducer is installed to
measure the pressure drop and, hence, the associated aver-
age voidage of the fluidized bed. FCC catalyst with a mean
diameter of 60 wm and particle density of 1,400 kg/m? is
used as fluidized particles (phosphor particles with similar size
and density are used in the solids mixing measurement). The
FCC particles with a mean diameter of 25 um and particle
density of 1,400 kg/m?>, referred to as the fine particles, are
also used in the experiment. The superficial gas velocity is
varied from 0.2 to 1.5 m/s, covering both the bubbling and
turbulent fluidization regimes.

Impulse helium tracer technique (IHTT)

An impulse helium tracer technique is used to obtain the
axial and radial gas dispersion coefficients in a turbulent flu-
idized bed. The tracer technique is illustrated in Figure 2.
The technique includes tracer injection and detection. The
tracer injector consists of a pulse timer and a pipe of 4 mm
ID. The tracer flow is controlled by an electromagnetic valve
and a rotameter. The tip of the tracer injector is located at
the center of the bed, 0.38 m above the distributor. The tracer
detector consists of a sampling probe of 1.5 mm ID, with the
tip covered by a wire mesh to prevent solids ingress into the
measurement system, and a thermal conductivity detector
(TCD). The tracer detector is located at 76 mm, 152 mm, and
304 mm downstream, and 76 mm upstream of the tracer in-
jector. Initially, under the control of the pulse timer, a con-
trolled volume of helium gas is introduced into the axis of the
bed. Continuous sampling of the gas takes place by a sam-
pling probe with online TCD sample analysis. The acquisi-
tion of the time varied tracer concentration is made by the
computer. The sampling probe can move along both the axial
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and radial directions to obtain the point tracer responses at
different locations of the bed. The length of the pulse timer
is set at 30 ms to guarantee a é-function tracer injection. It is
known that the sampling flow rate has little effect on the
tracer concentration measurement as long as the flow rate
keeps constant for each run of the experiments (Wei et al.,
1994). In this study, the sampling rate is set at 40 mL/min,
and the output signal is sampled at 40 Hz.

Steady-state helium tracer technique (SSHTT)

A steady-state helium tracer technique is used to substanti-
ate the prediction of the steady-state axial and radial tracer
concentration distribution based on the two-dimensional (2-
D) dispersion model with the axial and radial dispersion co-
efficients quantified by the IHTT. The diagram of the SSHTT
is almost the same as the IHTT, as shown in Figure 2. The
difference is in that tracer (helium gas) is injected into the
center of the bed continuously at a fixed flow rate of 3.78
L/min from the helium cylinder, and the tracer concentra-
tion is detected by the TCD under the steady state. Tracer
gas is injected at 0.38 m above the distributor, and detected
at 76 mm and 152 mm downstream and 76 mm upstream of
the tracer injector. The sampling rate is set at 40 mL/min.
For each run, the output signal for sampling is selected with
a frequency of 4 Hz for a period of 5 min.

Impulse phosphor tracer technique (IPTT)

The axial and radial solids mixing behavior is measured by
an impulse phosphor tracer technique. This technique is given
in Figure 3. This technique employs the characteristic of the
phosphorescent material that becomes fluorescent for a short
period of time after being excited. The phosphor particles
used in this study are produced by blending pure phosphor
powder with alumina powder, which yields composite parti-
cles with size and density similar to those of FCC particles.
The entire bed is made up of phosphor particles. The pulse
tracer generator is a flash tube located at the center of the
bed, 0.38 m above the distributor. The tracer detector con-
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Figure 3. IPTT.
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sists of an optical fiber and a photomultiplier. As shown in
Figure 3, when the flash power is turned on, the flash tube
gives out an impulse of strong light. Only the portion of the
phosphor particles surrounding the flash tube is then excited
and starts to emit light; they serve as tracer particles. The
whole process of the tracer injection can be treated as a pulse
since the flashing time is very short. When the tracer parti-
cles pass by the detector, the light emitted by the tracer parti-
cles is received by the optical fiber and transmitted to the
photomultiplier where the tracer concentration is quantified.
The advantages of this technique include ease in introducing
pulse tracer particles, as well as fast on-line detection of fluo-
rescent particles.

The tracer concentration is proportional to the light
strength emitted by tracer particles. Since the emissive light
from the phosphor particles decays with time, the light decay
must be considered when calculating the tracer concentra-
tion. The tracer detector is located at 76 mm and 152 mm
downstream of the tracer injector. The optical fiber can move
along the radial positions for radial tracer concentration
measurement. Another light detector is placed near the flash
tube for the purpose of determining the start time of the ex-
periment.
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Figure 5. Typical point tracer response based on IHTT.
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Electrical capacitance tomography (ECT)

The electrical capacitance tomography (ECT) system is il-
lustrated in Figure 4. The system comprises a capacitance
sensor, sensing electronics for data acquisition and a com-
puter system for image reconstruction, interpretation, and
display. The capacitance sensor array consists of a twin-plane
sensor using 12 electrodes for each plane attached to the out-
side of the column wall, but 10 and 15 cm above the distribu-
tor for planes 1 and 2, respectively. The length of each elec-
trode is 5 cm. Two guard sensor planes are located below and
above the measuring sensor planes to adjust the electrical
field within the sensoring area. There are 66 combinations of
independent capacitance measurements between electrode-
pairs from 12 electrodes. To qualify and quantify the flow
behavior of the system, a data acquisition system, manufac-
tured by Process Tomography Limited (U.K.), is employed
for capturing the images at 100 frames per second. A neural
network multicriteria optimization image reconstruction
technique (NN-MOIRT) developed by Warsito and Fan
(2001) is applied as the reconstruction algorithm. This tech-
nique combined a multicriterion optimization image recon-
struction technique for linear tomography and a linear back
projection (LBP) commonly used for capacitance tomogra-
phy. Details on this technique and image reconstruction algo-
rithm have been described elsewhere (Warsito and Fan, 2001).

Approaches
Gas mixing behavior

Figure 5 shows the typical point tracer response curves
based on the IHTT. The highest concentration for the tracer
response curves at a given time occurs in the axis of the col-
umn. At a given time, the tracer concentration decreases
along the radial direction. With the point-source tracer injec-
tion, the radial dispersion is reflected by the differences
among the peak heights of the curves at different radial posi-
tions. The axial dispersion is characterized by the width of
the curves and the time when the peak is reached. The gas
mixing data can be described by the dispersion model, which
is characterized by the dispersion coefficient in either axial
and/or radial directions. In this study, the experimental data
of gas mixing based on the IHTT are analyzed by the 2-D
unsteady-state dispersion model. This model assumes an up-
ward plug flow of gas with superimposed dispersion in both
axial and radial directions. A mass balance over a differential
element of the column at unsteady state leads to the follow-
ing equation

9°C D,, d( aC ac  oC
e Ll R il N O
° dx r Jdr ar ax at

with boundary and initial conditions

dC
r=R, —=0
ar
JC
r=20, —=0
ar
X =—00, C=0
t=0,x=0,r=0, C=Cy6(t)
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Figure 6. Tracer concentration under SSHTT.

The analytical solution for the equation (V, = constant)
can be expressed by

C e‘P§ c JO(Bnp) [ 62 2 2
C_O_Z’/'Tmn:o J(?(Bn) eXp-—E— ¢ +Bn)0
£20 (2)
C et 2 Jy(B,p) [& .,
T R T B TR

£<0 (3)

The axial and radial gas dispersion coefficients D, , and
D, , are determined using a nonlinear regression technique
which minimizes the deviation between the measured point
tracer response curves at various radial positions and the cal-
culation by Eqgs. 2 and 3. The solid lines in Figure 5 are the
calculated results based on the 2-D dispersion model with
the values of D, , and D, , determined in this manner. The
figure shows that a good curve fitting is achieved for a given
D,, and D, , combination.

Verification of D,
SSHTT

The time series tracer concentrations measured by the
SSHTT are seen in Figure 6. The curves reflect two mixing
mechanisms in a fluidized bed: one is due to the bubble-in-
duced large-scale mixing and the other is due to the small-
scale gas dispersion. There is a similarity of the variation of
the standard deviations of the tracer concentration fluctua-
tions and of the pressure fluctuations with the gas velocity
(Cai et al., 1989), as shown in Figure 7. It is found that the
standard deviation increases with the gas velocity in the bub-
bling regime, reaches a maximum at the transition velocity
U,, and then decreases with increasing gas velocity in the tur-
bulent regime. It is known that the transition from bubbling
to turbulent regimes is characterized by the fact that large
bubbles break up to small voids (Cai et al., 1992). This simi-
larity shows that the tracer concentration fluctuations can also
be used to determine the transition velocity U..

¢ and D, , values based on data from
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Figure 7. Standard deviation of tracer concentration and
pressure fluctuations.

Figure 8 shows a series of representative time-averaged
tracer concentration profiles at various radial positions based
on the SSHTT. It is of a parabolic shape with a maximum
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Figure 8. Prediction of steady-state experimental data
based on the dispersion model.
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located at the center of the bed. This pattern of profile, which
suggests a convective and diffusive process for tracer propa-
gation, is similar to that reported by Baerns et al. (1963) and
Yang et al. (1993) for the bubbling and circulating fluidized
beds, respectively. The effect of the gas velocity on the tracer
concentration profiles is also shown in Figure 8. The tracer
concentration profiles become steeper when the gas velocity
increases.

Similar as the IHTT, the results of gas mixing based on the
SSHTT can also be described by the 2-D dispersion model.
Under steady state, Eq. 1 can be reduced to

9*C D,, 3 ( oC aC
- | =|-v=
“&gx*  r or\ or ¢ gx

SO

With the same boundary conditions as used for the IHTT,
the analytical solution can be expressed by (Klinkenberg et
al., 1953)
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I — — <
c ‘5 B(BIVe* + B

(6)

To substantiate the accuracy of the axial and radial disper-
sion coefficients D, , and D, , obtained by the IHTT, the
steady-state dispersion model with D, , and D, , obtained by
the THTT is used to account for the experimental data of the
tracer concentration based on the SSHTT. Matching both

techniques is satisfactory, as shown in Figure 8.

Solids mixing behavior

The typical point tracer response curves of solids are shown
in Figure 9. The tracer concentration levels off as time pro-
gresses, which agrees with the results of Avidan and
Yerushalmi (1985). Similar to the experimental data of gas
mixing based on the IHTT, the peak height of the curves
gradually decreases along the radial position. With the point
source tracer injection, the axial and radial solids dispersion
is characterized by the shape of the curves and the differ-
ences among the peak heights of the curves at different ra-
dial positions, respectively. The 2-D unsteady-state disper-
sion model for the gas dispersion can be applied to describe
the solids mixing behavior. The equation is given by

JC dC
_U'p_z_
ax Jt

9*C D, (7( aC)

g s
@ 9x? ar

@)

v ar
With the same boundary conditions as those for the IHTT,
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the solution is given by

C et 2 0B 2
C_O_ZWmn:o 12(B) €xp _4_0_(47 +Bn)0 (8)

The axial and radial solids dispersion coefficients D, ,, D, ,
and the tracer particle velocity U, are determined by means
of a nonlinear regression technique which minimizes the de-
viation between the measured point tracer response curves at
various radial positions and the calculation by Eq. 8. As shown
in Figure 9, the solid lines predicted by this 2-D dispersion
model fit the experimental data well, which indicates the ac-
curacy of the obtained values of D, ;, D, , and U,

Figure 10 shows the averaged tracer particle velocity U,
predicted by the dispersion model. In a bubbling or turbulent
fluidized bed, the flow pattern of the solids phase is com-
posed of the gross circulation of particles and the local solids
movement. The averaged particle velocity is small and is de-
termined by the extent of particle entrainment. As shown in
Figure 10, U, is of the order of 0.001 m/s and increases with
the gas velocity. Also shown in the figure are the calculated
values using the correlation of Tasirin and Geldart (1998). It
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Figure 10. Particle velocity in the dispersion model.
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is seen that the calculated values are in agreement with the
averaged particle velocities obtained in this study.

Electrical capacitance tomography (ECT) measurement

The gas and solids mixing behavior in the gas-solid flu-
idized bed is further elaborated based on the image obtained
from the ECT measurement. A column of 0.1 m ID is used
for the ECT measurements. Although the bed diameter used
for ECT is half of that for the mixing behavior measurement,
the results obtained by the ECT are useful in the qualitative
illustration of the mixing phenomena. The gas distributor is a
porous plate with a pore size of 90 um. To verify the tech-
nique under a well-established condition, the tomographic
images of bubbles at a low velocity in a gas-solid fluidized
bed are obtained, as shown in Figure 11. Particularly, glass
beads with a diameter of 200 wm and a density of 2,500 kg/m?
are fluidized by air at a superficial gas velocity of 0.2 m/s.
The color bar in the figure corresponds to the solids concen-
tration, spanning from low (blue) to high (red) concentra-
tions. It is seen that bubbles have generally a spherical or
ellipsoidal cap. The yellow color surrounding the bubble rep-
resents the cloud region, similar to that reported earlier by
Rowe (1971). The bubble wake and drift profile are also ob-
served as the dark red color behind the bubble in the figure.
As the distance between the imaging planes 1 and 2 is 5 cm,
the bubble velocity can be estimated from the bubble track-
ing time between these two planes and amounts to 35 cm/s
for Figure 11, which is consistent with the calculated value by
the equations of Kunni and Levenspiel (1991) and Cai et al.
(1994).

Figure 12 shows a quasi-3-D flow behavior in a bubbling
fluidized bed of FCC particles obtained by stacking 200 to-
mographic images of bubbles obtained in 8 s from the same
plane. The FCC particles are fluidized by air at a gas velocity
of 0.23 m/s. The images from two sliced sections represent-
ing the 3-D stacked gas holdup distributions at x-z and y-z
planes are shown in the figure along with the quasi-3-D bub-
ble flow. As can be seen from the figure, the bubble rises in
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Figure 12. Quasi-3-D flow structure of a bubbling flu-
idized bed with FCC particles (U, = 0.23 m/
s).

spiral motion while rocking back and forth between the sides
of the column wall. The rocking motion of the bubbles is more
intensive in plane 1 than in plane 2 where the bubble motion
becomes stabilized. It is observed that some regions, such as
the center of the column especially in the lower plane, have
fewer bubbles.

Results and Discussion
Effect of gas velocity on gas and solids dispersion

As shown in Figures 13 and 14, the flow regime has a pro-
found effect on gas and solids dispersion in a fluidized bed.
As the gas velocity increases, both the axial and radial gas
dispersion coefficients increase appreciably in the bubbling
regime, reach a peak at the transition velocity U,, and then
decrease sharply and level off in the turbulent regime, as
shown in Figures 13a and 13b. On the other hand, both the
axial and radial solids dispersion coefficients increase slightly
in the bubbling regime and sharply in the turbulent regime,
and then a sudden decrease when the gas velocity is beyond
the transport velocity, U,,, as shown in Figures 14a and 14b.
The effects of the gas velocity on the gas and solids disper-
sion in these flow regimes are further elaborated below.

The spiral motion as well as the side-to-side rocking mo-
tion of the bubbles shown in Figure 12 contributes to the
axial and radial gas dispersion in the bubbling regime. As the
gas velocity increases, the bubble size increases correspond-
ingly due to the bubble coalescence, and the motion of bub-
bles becomes more intense, hence, enhancing the axial and
radial gas dispersion. The results are consistent with the find-
ings of Baerns et al. (1963) and Wei et al. (1994). Baeyens
and Geldart (1986) gave a good review on the mechanisms of
solids mixing in the bubbling regime. For the solids disper-
sion in the bubbling regime, the solids in the bubble wakes
and drifts are carried up to the surface, and are then dis-
persed by the bursting bubbles and descend to the bottom of
the bed, setting up a gross circulation of solids. The solids in
the bubble wakes and drifts, however, undergo local ex-
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change with those in their surrounding, and the aggregated
solids near the bubbles move side-to-side in the bed as the
bubbles rise. This state of solids mixing characterizes the lo-
cal circulation of solids. Both the gross and local circulations
of solids are bubble-induced solids mixing. As these circula-
tions increase with the gas velocity, both the axial and radial
solids dispersion coefficients increase with the gas velocity.
The results obtained by Thiel and Potter (1978) and Avidan
and Yerushalmi (1985) also show a similar tendency; how-
ever, their values are smaller than those obtained in this study.
Note that their results were obtained under the bubbling and
slugging regime with different measurement techniques. Fur-
thermore, the data of Avidan and Yerushalmi (1985) were
obtained from a smaller column than the present one; their
data were calibrated to the present column size using the
correlation equation of Miyauchi et al. (1981) for comparison
purpose.

Figure 15 shows the quasi-3-D flow behavior of the turbu-
lent fluidized bed using the ECT for the gas velocity of 0.7
m/s. The bubble/void phase and the emulsion phase in the
turbulent regime are in intermittent continuous movement (Bi
et al., 2000), leading to a decrease in the axial and radial gas
dispersion. The results of the axial gas dispersion are consis-
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tent with those obtained by Li and Wu (1990) in terms of
axial Peclet number Pe,,. The standard deviations of the
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Figure 15. Quasi-3-D flow structure of a turbulent flu-
idized bed with FCC particles (Ug = 0.70 m/
s).
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tracer concentration fluctuation based on the SSHTT and of
the pressure fluctuation also show a similar decreasing trend
with increasing gas velocity, reflecting a similar effect due to
the bubble motion on the behavior of the hydrodynamics and
mixing. Cankurt and Yerushalmi (1978) and Lee and Kim
(1989) obtained the similar trend of the axial dispersion coef-
ficient in the bubbling and turbulent fluidization regimes. Lee
and Kim (1989) attributed this transition phenomenon to the
increase in the gas bypassing from the large bubbles in the
slugging regime using glass beads with a mean diameter of
362 pm as the fluidized particles. The decrease in the gas
backmixing in the turbulent regime is due to a decrease in
the bubble or void size. However, for the radial dispersion
coefficient, the results of Lee and Kim (1989) indicate an op-
posite trend in which the radial dispersion coefficient in-
creases slightly with increasing gas velocity in the slugging
regime, but sharply in the turbulent regime. The sharp in-
crease in the turbulent regime is due to the breakup of larger
slugs into the smaller bubbles. It is noted that Lee and Kim
(1989) used Group B particles and the flow transition was
from slugging to turbulent fluidization, while in this study,
Group A particles are used and the flow transition is from
bubbling to turbulent fluidization.

Both the axial and radial solids dispersion coefficients in
the turbulent regime increase largely with the gas velocity,
indicating a homogeneous solids phase in the bed. As shown
in Figure 15, more solids around the bubble/void phase are
observed to move with the bubble/void phase compared with
the bubbling fluidized bed. Moreover, the intermittent move-
ment of the clusters and voids enhances both the gross and
local solids circulations in the bed. Furthermore, the move-
ment of solids generated by the gas-particle interaction in-
creases appreciably in the turbulent regime, compared with
that in the bubbling regime. All these factors contribute to
the significant solids mixing in the turbulent regime. With the
increase of the gas velocity, bubble induced mixing and the
mixing generated by the gas-particle interaction all increase,
resulting in the increase in both the axial and radial solids
dispersion coefficients. The reported experimental results on
solids mixing in the turbulent regime are scarce and are all
concerned with the axial mixing behavior. Utilizing a ferro-
magnetic tracer technique, Avidan and Yerushalmi (1985)
also investigated the solids mixing of Group A particles in
the turbulent fluidization regime. Their values are smaller
than those obtained in this study, although of the same mag-
nitude.

With a further increase in the gas velocity to the fast flu-
idization regime, the axial and radial dispersion of gas and
solids in this regime has been extensively studied in the liter-
ature. The axial gas dispersion has been found to vary only
slightly with the gas velocity and the solids circulating rate
(Dry and Judd, 1985; Martin et al., 1992; Liu et al., 1999).
The fast fluidization regime is characterized by the core-
annulus structure with the dilute phase in the core region
and the dense phase in the wall region. The turbulent regime
is often viewed as the transition regime between the bubbling
and the fast fluidization regimes. Thus, the turbulent regime
would exhibit an intermediate gas mixing behavior between
these two regimes. A significant decrease in the radial disper-
sion coefficient in the turbulent fluidized beds reflects the
limitation of the radial gas transfer, which may cause nonuni-
formity of species in the radial direction in the bed.
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Figures 14a and 14b indicate the literature results on axial
and radial solids dispersion coefficients in the fast fluidiza-
tion regime (Wei et al., 1995, 1998; Koenigsdorff and Werther,
1995). It is seen that the solids dispersion coefficients in the
fast fluidization regime are substantially lower than those in
the bubbling and turbulent regimes. For the solids dispersion
coefficients in the fast fluidization regime shown in Figure
14, the bimodal RTD curves for Group A particles in a riser,
including one peak detected after a few hundred milliseconds
from the injection and a generally much wider peak, have
been reported (Ambler et al., 1990; Wei et al., 1995). The
first peak corresponds to the dispersed particles in the core
region, and the second peak corresponds to the clusters in
the wall region. The sudden decreases in the axial and radial
solids dispersion coefficients in the fast fluidization regime
are caused in part by the change in the solids flow pattern
due to the flow regime change. In the bubbling and turbulent
fluidization regimes, solids circulate in the bed and the net
through-flow of solids is almost zero. Thus, there is only a
small convection flux effect on the overall solids mixing. In
the fast fluidization regime, however, there is a significant
net through-flow of solids. The solids convection plays an im-
portant role in determining the solids mixing in the fast flu-
idization regime, leading to a relatively smaller solids disper-
sion in the fast fluidization regime compared to that in the
bubbling and turbulent fluidization regimes.

Effect of pressure on gas and solids dispersion

At ambient temperature, the variation of the pressure from
1 to 3.1 atm has little effect on both the axial and radial gas
and solids dispersion coefficients in a turbulent fluidized bed.
Comprehensive reviews on the effect of pressure and temper-
ature on gas-solid fluidization are available in the literature
(Yates, 1996; Smolders and Baeyens, 2000). As the bubble
size affects the dispersion and hydrodynamic behavior, it is
important to examine the pressure and temperature effects
on the bubble size. It is known that the bubble size for Group
A particles reduces and the frequency increases with an in-
crease in pressure (Davidson and Harrison, 1963).

In the turbulent regime, the bubble size reduction with in-
creasing pressure has little effects on the bubble motion. Also,
as the pressure increases, the gas density increases and the
gas viscosity is almost unchanged. Due to the small range of
pressure from 1 to 3.1 atm considered in this study, the den-
sity changes slightly yielding little effect of the pressure on
the gas dispersion. The gross and local solids circulations in-
duced by the bubble motion are not affected much by the
pressure. The dispersion generated by the solids movement is
directly related to the gas-particle interaction, which is domi-
nated by the kinetic viscosity. The small variation of the ki-
netic viscosity with pressure leads to little effect of the pres-
sure on the axial and radial solids dispersion. Thus, the pres-
sure in the range considered in this study insignificantly af-
fects the axial and radial dispersion coefficients of gas and
solids for Group A particles in a turbulent fluidized bed.

Effect of temperature on gas and solids dispersion

The effect of the temperature on the gas and solids disper-
sion in a turbulent fluidized bed is also examined in this study

AIChE Journal



at the ambient pressure condition. The temperature varying
from 25 to 435°C has little effect on the axial and radial gas
and solids dispersion coefficients. The bubble size decreases
with the temperature, which is reflected in the reduced am-
plitude of pressure fluctuations at high temperatures (Kai and
Furusaki, 1985).

Similar as the effect of the pressure on the gas and solids
dispersion, there is little effect of the temperature on the
bubble motion due to the small effect of the bubble size re-
duction. The density of a gas proportionally decreases with
an increase in the temperature. The viscosity of a gas in-
creases with increasing temperature and is proportional to
T", where n is usually between 0.5 and 1.0. The changes in
density and viscosity result in a steady decrease in the Galileo
number with increasing temperature. However, the tempera-
ture does not significantly alter the flow characteristics for
Group A particles, as indicated by Yates (1996), and, thus,
has little effect on the axial and radial gas dispersion. For the
solids dispersion, the bubble-induced gross and local solids
circulations do not change much with the temperature. A de-
crease in the density and an increase in the viscosity result in
a small change in the kinetic viscosity, which leads to a nearly
unvaried gas-particle interaction with increasing tempera-
ture. Thus, both the axial and radial solids dispersion gener-
ated by the solids movement are almost unchanged with the
temperature. Considering the factors mentioned above, that
is, the bubble size reduction, the density decrease, and the
viscosity increase, the axial and radial gas and solids disper-
sion is only slightly affected by the temperature for Group A
particles in a turbulent fluidized bed.

Effect of fines addition on gas and solids dispersion

Figure 16 shows the effect of the addition of fine particles
on the gas dispersion in a turbulent fluidized bed at a gas
velocity of 0.78 m/s at ambient temperature and pressure
conditions. Figure 17 shows the effect of fines addition on
the solids dispersion in a turbulent fluidized bed at a gas ve-
locity of 0.71 m/s under ambient conditions. The addition of
a small quantity of 25 um fine particles to a 60 wm coarse
particle bed yields a significant effect on the gas and solids
dispersion. Both the axial and radial dispersion coefficients
of gas and solids reach maximum values at a fines content of
about 15%. With further addition of fine particles to the
coarse particle bed, both axial and radial gas and solids dis-
persion coefficients decrease gradually and then level off with
increasing fines content.

Comparing Figure 15 with Figure 18, the flow behavior ob-
tained by the ECT clearly illustrates the effect of fines addi-
tion on the behavior of the bubble/void phase and the emul-
sion phase. The flow behavior is apparently changed at a fines
content of 20%, as shown in Figure 18. Some fine particles
are present at the center of the bed stimulating the breakup
of the bubble/void phase. The vigorous axial and radial
movement of the disintegrated bubble/void phase leads to a
significant increase in the axial and radial gas dispersion co-
efficients. In addition, more solids are driven by the
bubble/void phase to the surface of the bed, as seen in Fig-
ure 18 resulting in an increase in the gross circulation of
solids. The side-to-side rocking movement of the bubble/void
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Figure 16. Effect of fines addition on axial and radial gas
dispersion.

phase violently enhances the surrounding solids moving side-
to-side. Also, the fine particles at the center of the bed may
move from the core region to the wall region. These two fac-
tors lead to an increase in the local solids circulation in the
bed. Because the gas velocity remains constant at 0.71 m/s,
the solids dispersion generated by the solids movement due
to the gas-particle interaction is nearly unvaried with the ad-
dition of fine particles. Thus, the axial and radial solids dis-
persion coefficients increase with the addition of a small
quantity of fine particles. Upon a further increase in the fines
content, however, the interactions between particles become
stronger, as evidenced by particle aggregation and gradual
decrease of the flowability of the emulsion phase, which con-
tributes to the decrease in the axial and radial dispersion co-
efficients of the gas and solids.

Gas flux based on SSHTT

To further understand the gas mixing behavior in the bub-
bling and turbulent regimes, it is necessary to describe the
axial and radial gas fluxes in a fluidized bed. By using the
experimental results of D,, and D, , from the IHTT, the
dimensionless tracer concentration under steady-state C/C,,

September 2002 Vol. 48, No. 9 1905



1.0 and the radial dispersion flux F,,, of the gas can be ex-

U=0.71 m/s pressed by
n
0.8 Fa,c,g = UgC (9)
& aC
§: Fa,d,g == a,gg (10)
©
2 56 - aC
[ o Fr,d,g= _Dr,g? (11)
04 . . . . : The axial net gas flux F, ¢ can be given as
0.0 0.1 0.2 0.3 04 0.5
Fines content
. o . Fog=FocotFou, (12)
(a) Axial solids dispersion
0.10 Figure 19 shows the variation of the axial and radial gas
’ U.=0.71 mis fluxes at a given concentration C, with the gas velocity in the
: core region at r/R = 0.25 and in the wall region at 7/R =
0.85, respectively. Both in the core and in the wall region, the
0.08 - convection dominates the gas fluxes in the axial direction. In
0
~N
E
O 0.06- 6
L =0.076m
- . 54  1R=025
- - - Axial Convection
0.04 - T r T T 44 .... Axial Dispersion
0.0 0.1 0.2 0.3 0.4 0.5 Axial Net Flux
Fines content 3

—-—- Radial Dispersion

(b) Radial solids dispersion

Figure 17. Effect of fines addition on axial and radial
solids dispersion.

————T

Flux/initial Tracer Concentration, (m/s)

can be calculated by Eqgs. 5 and 6 based on the SSHTT. The 0.2 0.4 0.6 0.8 1.0
axial convection flux, F, ., the axial dispersion flux F, , ,
a.c.g P a.d.g U,, (m/s)
(a) In the core region
Bubbles %2 plane -2 plars Buabiss 0.4
L=0.076m
1/R=0.85 PN
R g 0.3 - ..
4 N

o
N
1
\

~ - -Axial Convection

- - - - Axial Dispersion
Axial Net Flux
—-—- Radial Dispersion

Flux/Initial Tracer Concentration, (m/s)
o

0.0
-0.1 —eeee SR L T
0.2 0.4 0.6 0.8 1.0
U, (m/s)
i t (i ] 1 as - i I
- (b) In the wall region
Figure 18. Quasi-3-D flow structure of a turbulent flu- Figure 19. Effect of U, on axial and radial gas fluxes in
idized bed with 20% fine FCC addition (Ug = the core region and wall region based on
0.70 m/s). SSHTT.

1906 September 2002 Vol. 48, No. 9 AIChE Journal



the core region, the axial net flux increases slightly in the
bubbling regime and largely in the turbulent regime as the
gas velocity increases. However, in the wall region, the axial
net flux increases initially in the bubbling regime and then
decreases in the turbulent regime with increasing gas veloc-
ity. It is noted that the bubble/void phase comprising small
voids and particles exists mainly in the core region of the
turbulent fluidized bed. Because the axial net flux in the core
region is much larger than that in the wall region, it predomi-
nates the overall axial flux in a fluidized bed. Although the
axial dispersion fluxes in the core region and in the wall re-
gion are opposite, their absolute values all decrease with the
gas velocity in the turbulent regime. The limited axial gas
backmixing due to the particle aggregation along the column
wall is reflected in the decrease in the axial dispersion flux in
the wall region in a turbulent fluidized bed. The axial and
radial dispersion fluxes have the same magnitude and are
much smaller than the axial convection flux. It is known that
the gas velocity in the radial direction is very small. There-
fore, the radial convection flux can be ignored compared to
the radial dispersion flux. The radial dispersion flux increases
with the gas velocity in the core region, while it changes
slightly in the wall region. The radial mixing is attributed to
the radial dispersion flux in the core region. As the radial
dispersion coefficient decreases with the gas velocity in the
turbulent regime, this increase in the radial dispersion flux
reflects an increase in the radial gas concentration gradients
from the core to the wall regions, which is consistent with the
experimental results based on the SSHTT (Figure 8).

Figure 20 illustrates the effect of fines addition on the ax-
ial and radial gas fluxes at a given concentration C, in a tur-
bulent fluidized bed at a gas velocity of 0.78 m/s in the core
region and the wall region, respectively. The addition of a
small quantity of fine particles has a significant effect on the
axial convection flux. With the addition of fine particles, the
axial net flux in the core region that dominates the overall
axial flux decreases sharply and then increases slightly after
reaching a minimum value. It is indicated that the addition of
a small quantity of fine particles renders that the whole bed
behave more homogeneously and thus increases the gas mix-
ing in the bed. The axial dispersion flux in the wall region
increases in the downward direction with the addition of a
small quantity of fine particles, resulting in an increase in the
gas backmixing in the bed. A small quantity of fine particles
decreases the radial dispersion flux in the core region. Due
to the increase in the radial dispersion coefficient with the
addition of a small quantity of fine particles, as shown in Fig-
ure 16, the decrease in the radial dispersion flux implies a
decrease in the radial gas concentration gradients from the
core to the wall regions.

Solids flux based on IPTT

By using the experimental results of D, ; and D, ; from the
IPTT, the dimensionless tracer concentration C/C, at a given
time can be calculated by Eq. 8. The expressions of the axial
convection flux F, . , the axial dispersion flux F, , , the ra-
dial dispersion flux F, ,, and the axial net flux F, of the
solids are the same as those defined for the gas. The nota-
tions for the gas, that is, U,, D, ., and D, ., are replaced by
those for the solids, that is, U, D,,, D, respectively.
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Figure 20. Effect of fines addition on axial and radial gas
fluxes in the core region and wall region
based on SSHTT.

Figure 21 illustrates the axial and radial solids fluxes at a
time of 0.1 s and a given concentration C,, varying with the
gas velocity in the core region and in the wall region, respec-
tively. Because the axial U, is small, as shown in Figure 10,
and the radial particle velocity can be ignored, the dispersion
fluxes dominate the overall fluxes in both the axial and radial
directions. The axial and radial solids dispersion fluxes in the
core region are of the same order of magnitude as those in
the wall region in the turbulent regime. The axial dispersion
flux is one order of magnitude higher than the radial disper-
sion flux. As the gas velocity increases, the axial and radial
dispersion fluxes in both the core region and the wall regions
decrease slightly in the bubbling regime and largely in the
turbulent regime, which corresponds to the increase in the
solids dispersion coefficients with the gas velocity, as seen in
Figure 14.

Figure 22 shows the effect of fines addition on the axial
and radial solids fluxes at a time of 0.1 s and a given concen-
tration C, in a turbulent fluidized bed at a gas velocity of
0.71 m/s in the core region and in the wall region, respec-
tively. There is nearly no variation in the axial convection due
to the fixed gas velocity. Both the axial and radial solids fluxes
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Figure 21. Effect of U, on axial and radial solids fluxes
in the core region and wall region based on
IPTT.

initially decrease sharply and then increase gradually with in-
creasing fines content. The addition of a small quantity of
fine particles has a significant effect on the axial dispersion
flux and a relatively small effect on the radial dispersion flux.
In both the core region and wall region, the axial and radial
dispersion fluxes reach the minimum values at a fines content
of about 15%, which corresponds to the maximum values of
the solids dispersion coefficients shown in Figure 17.

Concluding Remarks

The helium and phosphor tracer techniques are respec-
tively used to investigate the gas and solids mixing behavior
in both the bubbling and turbulent gas-solid fluidized beds.
Electrical capacitance tomography is applied to examine the
real time, quasi-3-D flow behavior in the bed. Both the axial
and radial dispersion behavior in the bubbling, turbulent, and
fast fluidization regimes are analyzed. The variation of the
axial and radial gas dispersion coefficients with the gas veloc-
ity is found to reach a maximum at the transition velocity U..
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solids fluxes in the core region and wall re-
gion based on IPTT.

In the turbulent regime, the solids dispersion coefficients are
much higher than those in the other two regimes. Tempera-
ture and pressure have little effect on the axial and radial
dispersion of gas and solids. A small quantity of fine particles
greatly affects both the axial and radial mixing behavior of
gas and solids. Based on the flux analyses, the axial gas flux is
dominated by the convection, while the dispersion dominates
the solids fluxes in both axial and radial directions. The flow
behavior obtained by the ECT clearly illustrates the disinte-
gration of the bubble/void phase due to the fines addition in
the turbulent fluidized bed.

Notation

C =tracer concentration, kg/m?

C,, =initial tracer concentration, kg/m
D =bed diameter, m

D, =axial dispersion coefficient, m?/s

D, =radial dispersion coefficient, m%/s
F, =axial net flux, kg/m?-s

F, . =axial convection flux, kg/m?-s

F, , = axial dispersion flux, kg/m?:s

F, ; =radial dispersion flux, kg/m?-s

3

a
c
d

r
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Pe, , =axial Peclet number of gas, = LU,/D, ,
U = transition velocity from the bubbhng to turbulent regimes, m/s
U =superficial gas velocity, m/s
Uf, =tracer particle velocity, m/s
U,, =transport velocity from the turbulent to fast fluidization
regimes, m/s
V, =tracer gas velocity, m/s
B, =n-th positive root of zero order Bessel function
@ =dimensionless velocity, ¢ =(U-R)A2y/D,D,) (for gas, U=V,
or U, for solids U=U,)
0= dlmensmnless time, § = D,/R>

& =dimensionless axial position, ¢ = (x\/ﬁ, ARYD,)

p =reduced radial position, p =r/R

Subscripts

g =gas phase
s =solids phase
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